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bstract

Micro-structured fuel processors are under development at IMM for different fuels such as methanol, ethanol, propane/butane (LPG), gasoline
nd diesel. The target application are mobile, portable and small scale stationary auxiliary power units (APU) based upon fuel cell technology.
he key feature of the systems is an integrated plate heat-exchanger technology which allows for the thermal integration of several functions in
single device. Steam reforming may be coupled with catalytic combustion in separate flow paths of a heat-exchanger. Reactors and complete

uel processors are tested up to the size range of 5 kW power output of a corresponding fuel cell. On top of reactor and system prototyping and

esting, catalyst coatings are under development at IMM for numerous reactions such as steam reforming of LPG, ethanol and methanol, catalytic
ombustion of LPG and methanol, and for CO clean-up reactions, namely water-gas shift, methanation and the preferential oxidation of carbon
onoxide. These catalysts are investigated in specially developed testing reactors. In selected cases 1000 h stability testing is performed on catalyst

oatings at weight hourly space velocities, which are sufficiently high to meet the demands of future fuel processing reactors.
2007 Elsevier B.V. All rights reserved.
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. Introduction

Within the scope of hydrogen generation for fuel cells sys-
ems space demand and weight are critical issues for small and

edium sized applications ranging from few watts to some ten
ilowatts. Thus, the process intensification benefits of micro-
echnology [1] are currently within focus of the world-wide
esearch related to fuel processing. Numerous reactors and even
omplete fuel processor systems have been realised applying
icro-technology [2], which is documented by a recently dra-
atically increasing number of publications.
Generally, a fuel processor is composed of a reformer reac-

or and – at least in case of small scale systems – catalytic gas
urification reactors to purify the reformate from carbon monox-
de, which is poisoning the catalyst of low-temperature PEM
uel cells, the most common fuel cells for small scale applica-
ions (see Fig. 1). Additionally, fuel and/or water evaporators

nd heat-exchangers are required, the latter to adjust the feed
emperatures of the individual reactors and to improve overall
ystem efficiency.

∗ Corresponding author. Tel.: +49 6131990341; fax: +49 6131990305.
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The fuel determines the operating temperature of the
eforming process. Methanol steam reforming is performed in
icro-reactors at temperatures not exceeding 300, 600–650 ◦C

re required for ethanol, whereas hydrocarbon steam reforming
akes place at even higher temperatures (700–750 ◦C for LPG
nd gasoline and even higher for methane and diesel).

Integrated heat-exchangers/reactors open the door to novel
rocessing concepts. As shown in Fig. 1, the endothermic steam
eforming reaction may be coupled to an exothermic catalytic
ombustion in such reactors, which was first time published by
igenberger and co-workers for methane steam reforming in
eso-scaled reactors made from ceramic monoliths and steel

oils [3–7].
Reuse et al. demonstrated the plate heat-exchanger concept in

icro-structures for methanol steam reforming [8]. The power
or the endothermic steam reforming was generated by the
xothermic combustion of hydrogen, which would be provided
y the off-gas of the fuel cell anode in a future fuel cell/fuel
rocessor system. This off-gas still contains some 10–15 Vol.%
ydrogen or more.
However, for all fuels apart from methanol the evaporation
f water and liquid fuels requires additional fuel to be com-
usted in a combined catalytic burner/evaporator as shown in
ig. 1. Another alternative would be to reduce the hydrogen
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Fig. 1. Flow scheme of a fuel proce

tilisation of the fuel cell and supply more residual hydro-
en via the anode off-gas to the catalytic burners. Simulation
ork performed by Cutillo et al. for diesel fuel processing [9]

evealed, that steam reforming applying anode off-gas as heat
ource generates higher system efficiency compared to autother-
al reforming. For a methane steam reforming fuel processor,
ore than 15% higher fuel processor efficiency was determined

xperimentally by Heinzel et al. [10] when utilising fuel cell
node off-gas.

Furthermore, the gas purification processes are all exother-
ic and the removal of heat out of these reactors improves their

erformance. The water-gas shift reaction (WGS) is operated
lose to its thermodynamic equilibrium. Thus, the process is
erformed in conventional systems with an intermediate cool-
ng step applying two separate reactors (high-temperature (HT)
nd low-temperature (LT) water-gas shift). On the other hand
he space demand of the shift reactors is a crucial problem in
uel processors relying on conventional technology. Here micro-
echnology may well bring substantial benefit, as integrated

icro-structured heat-exchangers/reactors offer the opportunity
o work with a single device and an internal temperature gradi-
nt, which moves the thermodynamic equilibrium in the desired
irection [11]. In Fig. 1, fuel cell anode off-gas is applied as
ooling agent to generate the required temperature gradient in the

GS reactor. Numerical calculations revealed, that it is possible
o achieve a temperature profile very close to the optimal one in
counter-current heat-exchanger by cooling. The configuration
as several definite advantages over the two-step process. The
ingle step process can be made more compact as the total reactor
ength is shorter by up to 50% and furthermore water-gas shift
s performed in a single housing eliminating the space required
or connections and fittings between different components. As
either a water injection nor a heat-exchanger is required the
lant design is significantly simplified. It could be demonstrated

hat the single step process offers the advantage of a lower water
onsumption of the system which in turn opens the possibility
f higher plant efficiency because the water removal required
ownstream increases the heat losses from the system [12]. The

a
n
t
l

based upon catalytic CO-clean-up.

ffect of diffusion limitation was investigated and revealed that
hannels of more than 400 �m diameter require higher reactor
ize to achieve the same degree of conversion [12]. Because
he water-gas shift reaction has low reaction rate compared to
ydrocarbon reforming, diffusion limitations are an even more
tringent factor in the latter case.

Finally the selective or preferential oxidation of carbon
onoxide (PrOx) is an exothermic reaction as well, where the

perating temperature of the catalyst needs to be kept in a nar-
ow range to achieve optimum conversion. Thus, removing the
eat generated by the chemical reaction provides potential for
mproving the reactor performance, and decreasing its size. In
ig. 1, fuel cell cathode off-gas is applied as cooling agent to
emove the heat of reaction out of the PrOx reactor in a co-current
rrangement.

. Catalyst development

Catalyst development at IMM covers the field of methanol,
thanol and propane reforming, water-gas shift, selective oxi-
ation, methanation and catalytic combustion of hydrogen and
arious fuels such as hydrocarbons and alcohols. Below some
ecent results of this research are discussed. Basically, the wash-
oating procedure is currently the main deposition method at
MM [13]. Both home-made catalysts are prepared and commer-
ial catalysts are coated into the micro-channels. Much effort has
een spent in dedicated research projects to achieve mechan-
cally and thermally durable coatings [14], which are evenly
istributed both from channel to channel and over the channel
ength.

Home-made Rh/Pt/CeO2 catalyst on alumina wash-coat basis
as identified as a good candidate for propane steam reforming.
he combination of Rh generating stability and high activity

owards reforming, Pt improving the dispersion of Rh and cat-

lyst stability against coking, CeO2 supplying oxygen to the
oble-metals and improving the water-gas shift functionality
hus reducing the CO content of the products revealed an excel-
ent performance of the catalyst. Full conversion was achieved
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ig. 2. One thousand hours stability test of a catalyst coating for propane steam
eforming in micro-channels; reaction conditions—temperature: 750 ◦C, pres-
ure: ambient; S/C = 4.0; WHSV: 375 Ndm3 (h gcatalyst)−1.

or a steam/carbon ratio (S/C) of 3.2 at a temperature of 750 ◦C
nd 10 ms residence time. Under these conditions, merely CO
nd CO2 were found as carbon species in the product. A WHSV
f 375 Ndm3 (h gcatalyst)−1 was achieved at full conversion for
he reformer reactor [15]. More recently, an improved, propri-
tary catalyst formulation proved 1000 h stability at S/C 4.0 for
he same WHSV (see Fig. 2).

Total oxidation of fuels is an important reaction when steam
eforming is applied, because both the evaporation process and
team reforming require energy supply. The oxidation process
eeds to be complete (ideally 100% conversion), robust against
ir surplus, which is necessary to adjust the appropriate operating
emperature, and long-term stable. The catalytic combustion of
ydrocarbon fuels, however, remains a challenging task. Pt/Mo
nd Pt/W catalyst formulations were identified as highly active
atalyst formulations for the complete catalytic combustion of
PG at moderate temperature and low catalyst loading. The

ong-term stability of these formulations was proven by 1000 h
tability tests, one of them shown in Fig. 3.

For water-gas shift, numerous catalyst systems were under

nvestigation at IMM to come up to the novel demands of fuel
rocessing in micro-structured reactors. For example, there are
eformer concepts existing, where air is used for heating the
eactors during start-up, which deteriorates the performance of

ig. 3. One thousand hours stability test of a catalyst coating for propane total
xidation in micro-channels; reaction conditions—temperature: 750 ◦C, pres-
ure: ambient; O/C = 3.3; WHSV: 750 Ndm3 (h gcatalyst)−1.
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u/Zn low-temperature water-gas shift catalysts dramatically.
oble-metal based systems are the proper alternative in this

ase. The water-gas shift catalyst should be capable of cover-
ng the whole operating range from high-temperature water-gas
hift (about 10 Vol.% CO in feed) to low-temperature water-gas
hift (about 3 Vol.% CO in feed). This is important when running
n integrated heat-exchanger/reactor which covers both stages.
elf developed Pt/CeO2 catalyst formulations showed signifi-
ant activity [16] and proved to be stable for 1000 h even in the
resence of considerable amounts (5 Vol.%) of methane in the
imulated reformate.

The preferential oxidation of carbon monoxide, which is the
ast step of catalytic CO-clean-up, is also under investigation at
MM [17]. Rh/Pt catalysts proved to be the most active species
nder investigation and, once more, 1000 h stability could be
emonstrated for the Rh/Pt system [18]. Further investigations
n the detailed kinetics of the PrOx reaction system are on their
ay.

. Integrated reactor concepts

The design concepts of micro-structured reactors require
doption to the specific field of application. Testing devices nor-
ally have the option to exchange the catalyst carrier plates

nd they are commonly electrically heated. Thus, gaskets are
pplied and heating may be done by heating cartridges. This
akes the reactors relatively bulky compared to the size of the
icro-structured plates incorporated.
However, small fuel cell APU systems are future mass prod-

cts. Thus, automated fabrication procedures are required for
uture reactor production. On top of that, fuel processing devices
eed to have minimum mass to reduce their start-up time
emand. Consequently the devices have to be as porous as possi-
le and wall material needs to be minimised as well by applying
uitable sealing techniques. Currently, wet chemical etching
f the micro-structures into the metal foils and laser welding
s sealing technique are applied at IMM for prototype reac-
ors. These techniques are suitable for mass production already.
owever, other micro-structuring techniques such as embossing,
unching and alternative sealing techniques are under investi-
ation in parallel.

Generally, the simplest design of a plate heat-exchanger is a
ross-flow arrangement. However, uneven temperature distribu-
ion and limited efficiency are major drawbacks of the cross-flow
n principle and thus either the co- or counter-current design
s favoured for heat-exchangers and reactors at IMM. As soon
s the plates are coated with catalyst, the heat-exchanger gets
reactor. One flow path may be utilised to supply or remove

eat from the chemical reaction taking place in the second flow
ath. Alternatively, catalyst may be coated onto both sides of
ach plate and two chemical reactions performed in the reac-
or such as steam reforming coupled with catalytic combustion.
he simplest appearance of such a reactor is shown in Fig. 4.
t is a combined methanol steam reformer/catalytic afterburner
esigned for a 100 W fuel cell system. Because both steam
eforming and combustion take place to a large degree at the inlet
f the reactor, a co-current operation of the device is required.
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ig. 4. Combined methanol steam reformer/catalytic afterburner designed for a
00 W fuel cell system.

n the reactor shown in Fig. 4, both feed gas mixtures enter via
alf-tubes into the device. The gas distribution is then arranged
nside the plate geometry. In case minimisation of pressure drop
s required, external diffusers may act as gas distributors alterna-
ively. However, up to four functions may be integrated into such
plate heat-exchanger. One further requirement is frequently a
edicated start-up function, which allows immediate supply of
eating gas to each device of the fuel processor, a measure which
educes time demand for system start-up considerably compared
o conventional technology.

An important feature of micro-channels is their inherent
afety because they act as flame arresters. This gets important
hen explosive gases are processed. Fig. 5 shows a coupled
iesel steam reformer/catalytic afterburner which carries dedi-
ated inlets for both anode off-gas and air for burning the residual
ydrogen from the fuel cell at temperatures exceeding 800 ◦C.

he reactor, into which catalyst from Johnson–Matthey Fuel
ells was coated, has two inlets for anode off-gas, two inlets for

he air supply to the burner, one inlet for the diesel/steam supply,

ig. 5. Combined diesel steam reformer/catalytic afterburner operated at tem-
eratures exceeding 800 ◦C.
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ig. 6. Integrated water-gas shift reactor/heat-exchanger designed for 2 kW fuel
ell system.

nd two outlets for the combustion gases apart from the outlet
or the reformate. By this arrangement, the feed gases are mixed
fter entering the micro-structured device, which prevents them
rom uncontrolled reaction upstream the reactor. Full conversion
f the diesel fuel was achieved for a total operation time of 40 h
ith this reactor to-date, which has a power equivalent of 2 kW

hermal energy of the hydrogen produced.
The implementation of a declining temperature gradient into

he water-gas shift reactors by counter-flow cooling has been
ealised for various systems at IMM already. One of these reac-
ors is shown in Fig. 6. It is designed for a power equivalent of
kW of the corresponding fuel cell. The temperature profile,
hich was experimentally determined in the reactor is shown in
ig. 7. After a slight temperature rise at the reactor inlet, which

s required to get high initial rate of the reaction, downstream the
eactor temperature decreases gradually allowing the content of
arbon monoxide to be reduced from 10.6 to 1.05 Vol.%, which

orresponds to a conversion of 91%. Somewhat lower temper-
tures were observed at the shell of the reactor, especially in
he inlet section, which has to be attributed to heat losses to the
nvironment.

ig. 7. Internal temperature profile achieved during operation of the reactor
hown in Fig. 6.
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The principle of integrated cooling of the reactor has been
ealised for the PrOx reaction as well. However, rather a co-
urrent operation of the reactor is required in this case owing to
he fast kinetics of the hydrogen and carbon monoxide oxidation
eactions.

. System design and testing

A complete fuel processor was developed and put into opera-
ion, which was designed to supply a 5 kW fuel cell with purified
eformate applying iso-octane as fuel. Iso-octane had been cho-
en as a model substance for gasoline. Owing to the early stage
f this development, the reactors were built either as monoliths
r as cross-flow plate heat-exchangers.

Fig. 8 shows a flow scheme of the fuel processor, which was
nstalled on a bread-board level. The test-rig itself is shown in
ig. 9. It was composed of the autothermal reformer reactor
ATR), a heat-exchanger for cooling the reformate downstream
he ATR, a cross-flow cooled high-temperature water-gas shift
eactor, a low-temperature water-gas shift reactor and a PrOx
eactor again cooled by a cross-flow arrangement.

The autothermal reformer (ATR) is shown in Fig. 10. It is
omposed of 200 micro-structured metal foils of 400 �m thick-

ess carrying a total of 25,000 channels each 400 �m wide
nd 250 �m deep. The reactor has a total width and height of
0 mm at a total length of 150 mm. It has a monolithic design.
he water/steam mixture generated externally by a conven-

i
r
w
h

Fig. 8. Flow scheme of the 5 kW fuel processo
ig. 9. View of the bread-board fuel processor; the reactors of the fuel processor
re placed in the top left area.

ional 8 kW evaporator and superheated to 650–720 ◦C in a 3 kW
icro-structured gas heater (not shown here) was introduced into

he reactor inlet. Iso-octane vapour was fed directly at the inlet
iffuser of the reactor. This arrangement avoided the occurrence
f homogeneous reactions in the equipment upstream the reactor

tself (i.e. in the gas heater). A 1 wt.% Rh on alumina sol car-
ier catalyst was coated onto the micro-structured plates, which
ere then sealed by laser welding and put into a stainless steel
ousing to assure mechanical stability at the maximum operating

r based upon micro-structured reactors.
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Fig. 10. Five kilowatts autothermal reformer for iso-octane.

emperature of 800 ◦C and the maximum operating pressure of
bar. The total amount of catalyst incorporated into the reactor
as 19.8 g, which corresponds to 0.2 g of the active Rh species.
he reactor was operated at a WHSV of 330 Ndm3 (h gcat)−1.

Additionally, a micro-structured heat-exchanger was incor-
orated between the ATR and the HT-WGS reactor to cool down
he reformate from the exit temperature of the ATR to the desired
eed temperature of the HT-WGS. It had a heat-exchange capac-
ty of 2 kW under its operating conditions. Pressurised air was
pplied as cooling agent.

Fig. 11 shows the high-temperature water-gas shift reactor
HT-WGS), which has cross-flow cooling capabilities. The key
ata of the HT-WGS and of the other CO clean-up reactors
iscussed below are provided in Table 1. As catalyst for water-
as shift, a 1 wt.% Pt/CeO2 on alumina carrier developed by
nstitute de Recherche sur la Catalyse (IRC), Villeurbanne was
ncorporated into the reactor. The same catalyst was applied
or the low-temperature water-gas shift reactor (LT-WGS, not
hown here). However, the latter reactor was not designed as a

eat-exchanger because of the minor heat-generation by low-
emperature water-gas shift.

This does not apply for the preferential oxidation of carbon
onoxide (PrOx) and thus cross-flow cooling capabilities were

b

c
p

able 1
ey data of the CO-clean-up reactors

eactor HT-WGS cooled
(three-stage cross-flow)

aximum operating pressure (bar) 4
aximum operating temperature (◦C) 450
eactor dimensions (L × W × H) (mm) 200 × 120 × 120
umber of foils 110
oil thickness (mm) 1
hannel dimensions (reactor side) (W × H) (�m) 600 × 800
hannel density (channels in.−2) 720
otal number of channels 16,000
oated channel surface (m2) 1.5
atalyst 1 wt.% Pt/CeO2 on Al2O
otal catalyst mass (g) 232
HSV (Ndm3 (h gcat)−1) 38
Fig. 11. Five kilowatts high-temperature water-gas shift reactor.

ntroduced into the corresponding reactor (not shown here), sim-
lar to the reactor for HT-WGS. A catalyst composed of 2 wt.%
t on zeolite X/Al2O3 developed by Polytechnico Torino was

ncorporated into the reactor.
The clean-up reactors were switched in series after the ATR.
Prior to the incorporation of the reactors into the test-rig,

hey had been tested individually for their performance applying
ctane/steam/air feed for the ATR and simulated off-gas of the
eactor upstream for each of the CO clean-up reactors.

Fast on-line (micro-)GC analysis was applied for chemical
nalysis of the reformate. Samples could be taken after each of
he four reactors. The advantage of this analysis system is its low
ime demand of about 2 min per analysis. Thus, an overview of
he performance of all reactors of the fuel processor could be
ained within less than 15 min. However, the drawback of the
nalytical equipment was, that only a water content of less than
5 vol.% could be tolerated by the instrument. Thus, all water
ad to be removed out of the samples before entering the GC by
tube filled with molecular sieve and results of analysis had to

e reported on a dry basis (d.b.).

As shown in Table 2, the gas composition of the reformate
hanged from reactor to reactor during the operation of the fuel
rocessor until a CO concentration of 120 ppm (d.b.) base was

LT-WGS un-cooled
(monolithic)

PrOx cooled
(three-stage cross-flow)

4 4
450 300
200 × 120 × 130 200 × 120 × 120
130 110
1 1
600 × 800 600 × 800
720 720
19,000 16,000
1.8 1.5

3 1 wt.% Pt/CeO2 on Al2O3 2 wt.% Pt on zeolite X/Al2O3

274 138
33 63
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Table 2
Gas composition of the ATR feed and product composition as determined experimentally for the four reactors of the fuel processor
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[
[

[
[

[

[

[

chieved after the PrOx reactor. In Table 2, the feed composition
f the ATR is shown at the left column. Next the results of a cal-
ulation of the ATR product composition are shown, which were
etermined assuming full octane conversion and establishment
f equilibrium conditions for the water-gas shift and methana-
ion reactions at the outlet temperature of the ATR reactor. In
he third column of Table 2, the composition of the ATR product
s calculated is shown on dry basis. A good agreement with the
ata as determined experimentally during operation of the fuel
rocessor was achieved (fourth column of Table 2). Besides the
esired and expected products CO, CO2, H2 and CH4, also small
mounts of ethylene and propylene were found in the reformer
roduct. Different to methane, these gases damage the fuel cell
atalyst with course of time. The same applies for the catalyst of
he CO clean-up reactors downstream the ATR. However, over
he total short-term operation of about twenty hours of the fuel
rocessor, a degradation of the reactor performance was not yet
bserved.

The next columns show the product composition as deter-
ined downstream the HT-WGS, LT-WGS and CO-PrOx,

espectively.
The CO content of the reformate of 120 ppm would be low

nough for a CO-tolerant low-temperature PEM fuel cell sys-
em. A second stage PrOx reactor (not shown here), which had
een built, did reduce the CO-concentration of the reformate
elow 50 ppm, which had been demonstrated separately for the
ingle reactor applying simulated reformate. This value is gen-
rally regarded as acceptable for reformate tolerant membranes
f PEM fuel cells. About 150 Ndm3 min−1 reformate were pro-
essed in the micro-structured reactors.
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Zapf, A. Ziogas, E.R. Delsman, M.H.J.M. de Croon, J.C. Schouten, O. de
la Iglesia, R. Mallada, J. Santamaria, Catal. Today 120 (2007) 2.


	Fuel processing in integrated micro-structured heat-exchanger reactors
	Introduction
	Catalyst development
	Integrated reactor concepts
	System design and testing
	Acknowledgement
	References


